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ABSTRACT: The theoretical bases of a novel intensified catalytic multi-
reaction-zone reactor (M-RZR) system are described. The M-RZR with two
reaction zones (RZ-1 and RZ-2) was used for ammonia synthesis. In the
catalytic nonthermal plasma reaction zone (RZ-1), ammonia was synthesized
and it was immediately sequestrated by a highly porous polymeric solid acid
absorbent in the ammonia neutralization reaction zone (RZ-2). The solid acid
was a sulfonated cross-linked porous polystyrene foam known as polyHIPE
polymer (s-PHP, HIPE = high internal phase emulsion). The s-PHP and its
neutralized version (sn-PHP) were previously developed as an advanced
symbiotic fertilizer (or synthetic root system) for agro-process intensification
for the enhancement (50−300%) of crop yield and nitrogen fixation especially
under water and nutrient stress. In this first ever “proof-of-concept” study of
the M-RZR system, without any attempt for optimization, it was shown that the
ammonia conversion per pass reached ca. 40% and ammonia concentration was ca. 20 vol %. The energy cost of ammonia was
0.76 MJ/g NH3 which was 2 times smaller than optimized systems in which the ammonia concentration in the product stream
was ca. 1.5 vol %. Direct conversion of hydrogen enhanced clean syngas (a1CO + a2CO2 + a3H2 + a4N2 + a5CH4) to ammonia
and its reversible sequestration by CO2 to form solid ammonium carbamate/carbonate was demonstrated. This method is not
only useful for direct conversion of syngas to ammonium carbonate/urea fertilizers but also for obtaining anhydrous ammonia for
fuel applications. The reactive in situ air separation was also demonstrated for the generation of nitrogen for ammonia synthesis
and oxygen for the gasification of biomass as a sustainable source of hydrogen.
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■ INTRODUCTION

“Unstirred leaky tank reactor” describes soil as a biochemical
reactor that supplies the plants with nutrients and water for
photosynthesis. Actual biochemical transformations take place
at the soil−root interface, the “Rhizosphere” which involves
interaction between water, nutrients, bacteria, plant messenger
molecules and the root system. Collectively, we refer to these
many-body interactions as “Rhizosphere Interactions”.
Although there are “Tropistic” driving forces (such as
hydrotropism, chemotropism and biotropism) which direct
the reactants to rhizosphere, the length scales for diffusion are
too large and there are biochemical and physical barriers
present to overcome. Although water is essential for the
rhizosphere transformations and as a carrier, it is also
antagonistic, responsible for nutrient/fertilizer wash-out. Only
30−50% of fertilizers are utilized by the plant. Furthermore, soil
inputs, including nutrients, water and bacterium are not
specifically directed toward the plant root or protected in the
soil for uptake by the plant. In terms of rhizosphere
transformations, the surface area density, SAD (surface area
per unit volume) for mass transfer is low at ca. 6k m2/m3 which

clearly reduces the rate of rhizosphere transformations, thus
limiting the rate of photosynthesis.
The need for fundamental changes in agriculture is

necessitated because of global warming and the appearance of
Food, Energy and Water shortages. During the last century,
productivity in food production was almost all due to the
introduction of ammonia through the Haber−Bosch process
which still uses fossil fuel as feedstock. According to Gilland1

“further increase of the harvested area is ecologically undesirable, it
is necessary to increase crop yields this requires, inter alia, more
nitrogen, phosphorus and potassium fertilizer, despite the environ-
mental problems which this would exacerbate. ...The same applies
to the restoration of carbon cycle equilibrium by phasing out fossil
fuels. The UN ‘Low’ population projection shows that this
reduction could be achieved about 200 years f rom nowat a
price.”
Technology led increases in crop yield achieved during the

1970s and 1980s has not been replicated since then.

Received: August 25, 2017
Revised: October 17, 2017
Published: October 31, 2017

Research Article

pubs.acs.org/journal/ascecg

© 2017 American Chemical Society 11588 DOI: 10.1021/acssuschemeng.7b02962
ACS Sustainable Chem. Eng. 2017, 5, 11588−11606

pubs.acs.org/journal/ascecg
http://dx.doi.org/10.1021/acssuschemeng.7b02962


Diminishing returns of fertilizer application, water and
temperature stress, global warming and a rapid approach to
climate-adjusted genetic yield potential ceiling indicate that
there is a lack of a large exploitable “yield gap” in agriculture.2−4

Therefore, any technology based approach to agriculture
cannot rely on the use of more fertilizers to increase yield.
Recent Developments in Novel Ammonia Synthesis

and Production. Ammonia is the largest volume chemical in
the world, consuming 87% of industrial energy. Its main use
(85%) is in agriculture as a fertilizer. An important emerging
application of ammonia is its direct use as a fuel and means of
hydrogen storage. An excellent source of research, develop-
ment, application news and information on ammonia is
available in a dedicated Web site, “Ammonia Industry”.5

There is a great deal of interest in sustainable ammonia
production (which needs to be carried out in small scale
distributed plants) using different methods of nitrogen
activation and reaction paths. One reason for this is
sustainability and the use of renewable sources of feedstock
and energy. Recent comprehensive reviews of the subject are
available.6−10 Ammonia synthesis based on nonthermal plasma
appears to be a promising technique as it is conducted at low
temperatures (<300 °C) and pressures. These mild processing
conditions provide several advantages including the sequestra-
tion of produced ammonia.6−16 The absorption of ammonia at
high pressures using the classical Haber−Bosch process has also
been considered to obtain ammonia at a small scale.17,18

Another emerging ammonia synthesis method is by catalytic
electrochemistry.19−22

Ammonia synthesis at a small scale is not economically
viable. The circumvention of the lack of “Economies of Scale”
in small scale operations can be achieved by rapid removal of
produced ammonia by an absorbent.6,12−18,20 The irreversible
absorbents are solid acids,10,14,23−26 while reversible absorbers
include metal chlorides, metal organic frameworks and cationic
liquids.27−33 Highly porous absorbents with an hierarchic pore
structure provide fast absorption/desorption kinetics. High
porosity is also useful in the functionalization of the basic
frame.6,26,34,35 These materials are necessary when ammonia
production aims at direct applications or when anhydrous
ammonia is produced as a fuel/hydrogen source.
The choice of an ammonia absorbent is therefore dependent

on the end use of ammonia. The predetermination of ammonia
end-use can also provide a specific route for ammonia process.
In fertilizer applications, it is also possible to use the absorbent
as part of the fertilizer formulation. This can result in
substantial reductions in ammonia and fertilizer costs as well
as in the performance enhancement of the fertilizer-absorbent
construct. In this study, we use elastic microporous sulfonated
hydrophilic cross-linked polymers as solid acid absorbents for
ammonia production. These materials are generically known as
polyHIPE polymers (PHPs, HIPE = high internal phase
emulsion) and have recently been introduced as the framework
for symbiotic fertilizers as well as several other applica-
tions.6,36−49 Sulfonated PHPs are referred to as s-PHPs and
when s-PHPs are neutralized (often by ammonia), they are
referred to as sn-PHPs.
Symbiotic Fertilizers. Water absorbing polymers are often

used as a soil additive for soil water management and
improvement of the soil quality.44−47 However, these super
water-absorbing polymers are rapidly washed away and need to
be replenished regularly. They do not have any other function
in the soil. sn-PHPs can be further functionalized by

incorporating soil borne bacteria, referred to as sn-Bio-PHP.
When incorporated into soil, s-PHP, sn-PHP and sn-Bio-PHP
become part of the plant root and they act as synthetic root
systems (SRS). Hence, collectively we refer to these materials
as SRS-media. The resulting biomass and crop yield enhance-
ment is 50−300%, especially under water and nutrient stress.
sn-Bio-PHPs can enhance (ca. 60%) nitrogen fixation by
legumes.3,4,48,49 Other sn-Bio-PHPs act as self-sustaining
fertilizers in providing nitrogen for plants.3 Several other
functions of the SRS-media are available.6

Although ammonia absorption by s-PHP during plasma
ammonia synthesis is irreversible, in the presence of water and
plant roots, sequestrated ammonia in sn-PHP becomes
available to the plant. In this study, s-PHP is used to make
the nonthermal plasma ammonia synthesis economically viable.
At the same time, the emerging product (sn-PHP) is a
multifunctional soil additive which becomes part of the plant
root and can remain in soil for a desired number of years. In
this respect the SRS-media is a capital investment rather than
an annual expenditure. The length of time in the soil can be
designed through the composition of the copolymer and is also
dependent on the type of bacteria available in soil.
Nevertheless, in this current study, we aim to demonstrate

that the cost of symbiotic fertilizer can be significantly reduced
to make it economically viable by using the catalytic multi-
reaction-zone reactor (M-RZR) system operating with s-PHP
as a solid acid absorbent. This novel reactor system is also
important for the production of anhydrous ammonia using
reversible absorbents, including CO2, for use as hydrogen fuel.

Catalysts and Plasma Reactors for Ammonia Syn-
thesis. Materials used in plasma reactors for catalytic purposes
should be distinguished as plasma catalysis promoters (PCPs)
and catalysts in the classical sense. Plasma, in the absence of any
PCPs or catalyst, does accelerate reactions but in the presence
of PCPs, the reaction rate is further enhanced and selectivity
and energy efficiency are affected significantly. These
parameters are further enhanced by catalysts and there appears
to be a maximum conversion when the PCPs and catalysts are
mixed.16 Reviews of PCPs and catalysts in plasma reactors are
available.6−16,50−55 In particular, the performance of several
PCPs have been reviewed by Patil et al. in microdischarge
plasma.8 Although the expensive catalyst based on Ru perform
best, others, including Ni at higher loadings perform equally
well.8,10,13 Recently, a novel generic supported heterogeneous
catalyst system has been developed for operating under plasma
and electric fields.54 These catalysts are microporous and have a
hierarchic pore structure with a very large surface. Their
structure is suitable for the enhancement of nonthermal plasma.
Here, we also investigate the possibility of combining the basic
structures of PCPs with that of the catalyst and examine their
performance.

Cost and Viability of Ammonia Production from
Renewables. Large scale Haber−Bosch ammonia production
has the advantage of economies of scale. Economical analysis of
48 conventional ammonia plants indicate that the lowest
current ammonia cost is about 30 GJ/t NH3 (ca. 0.5 MJ/mol
NH3).

56 Current best, partially optimized laboratory scale
techniques based on nonthermal plasma achieve ca. 32 MJ/mol
NH3 by Patil et al.

13 and 26 MJ/mol by Peng et al.14 In these
studies, optimizations were aimed at different processing
parameters. Patil et al.13 reports that the outlet ammonia
concentration was 1.4 mol % while the conversion per pass was
6.4%. It is concluded that, for cost parity with the current
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technology, outlet ammonia concentration of >15−20% should
be achieved.8 In our recent study using DBD plasma reactors
and a novel catalyst system, ammonia concentration of 10% was
already achieved16 at a fixed flow rate of 25 mL/min which is
infact far below the optimum flow rate13 of ca. 0.5−1 L/min.
In sustainable ammonia production, the source of nitrogen is

air while that of hydrogen can be from the electrolysis of water
or from biomass. Gilbert et al.57 concluded that ammonia
production from biomass was economically viable with some
65% carbon savings compared with the current technology and
ca. 10% rate of return at current biomass and ammonia prices.
Motivation and Scope. The above introduction indicates

the presence of a wide cost gap between the large scale Haber−
Bosch process and the current developments in ammonia
synthesis based on renewable hydrogen. In order to narrow this
cost-gap, we utilize the fact that ammonia itself is an
intermediate. Hence, the direct production of fertilizer with
added functional advantages can reduce or remove the cost-gap,
even in small scale productions using renewable hydrogen.
Further cost reduction can be achieved through the application
of an integrated process intensification approach to processing
with novel catalytic reactors in the synthesis of ammonia and its
conversion to SRS-media. As the source of hydrogen, we use
biomass gasification and investigate the possibility of in situ air
separation during gasification to obtain nitrogen for ammonia
synthesis. The immediate absorption of ammonia by the solid
acid s-PHP provides a further processing advantage. It is
possible that these innovations and the high value associated
with the final product, sn-PHP fertilizer would make the
ammonia synthesis viable at a small scale.

■ THEORETICAL
In developing a sustainable ammonium production process
from renewables, a holistic approach to the process is necessary.
The source of raw materials and the impact of the process on
water, energy and the environment should be considered.
Tailoring of the processing strategy through catalyst and reactor
design should be based on the final use of the produced
ammonia in agriculture and transport fuel applications.
Figure 1 is a simplified flow diagram of ammonia or

symbiotic fertilizer production from biomass/biomass waste.

Here, biomass is gasified using initially air but after reaching a
steady-state, carbon dioxide or water or in situ separated oxygen
is used as an oxidant. Following syngas cleaning and syngas
conditioning to obtain hydrogen, ammonia synthesis takes
place in a catalytic M-RZR operating at atmospheric pressure.
Ammonia is generated in the nonthermal plasma zone and then
subsequently sequestrated in the reactive separation zone of M-

RZR. When sulfonated PHP is used as the reactive absorbent,
the emerging material is then used as SRS-media and symbiotic
fertilizer. The critical processes in this holistic production
platform (BioRefinery) are gasification, syngas cleaning, in situ
reactive gas separation, ammonia reactor and ammonia
absorbent production. In this study, we focus on in situ gas
separation, ammonia absorbent and the ammonia reactor itself.
If these processes are carried out near atmospheric pressure and
low temperatures, substantial capital and operation cost savings
are achieved. In this section, we present the theoretical bases of
a novel reactor used in this study.

■ NOVEL MULTI-REACTION-ZONE CATALYTIC
INTENSIFIED REACTORS

M-RZRs. Consider the following catalytic reactions taking
place in three reaction zones (RZs), namely RZ-1; RZ-2 and
RZ-3 as illustrated in Figure 2.

+ ↔ +

Δ < ‐

a a b b

G T

A A B (g) B (g)

0; Reaction Zone 1
1 1 2 2 1 1 2 2

1 1 (1)

+ →

Δ < ‐

b a b

G T

B (g) A B (s/l)

0; Reaction Zone 2
2 2 4 4 4 4

2 2 (2)

+ →

Δ < ‐

b a b

G T

B (g) A B (s/l)

0; Reaction Zone 3
1 1 3 3 3 3

3 3 (3)

Here, ai and bi are the molar coefficients associated with
reactants Ai and products Bi respectively, while ΔGj and Tj
represent the free energy change associated with the reactions
taking place in the Reaction Zone-j (RZ-j). The dummy indices
i (i = 1,2,3...) represent the reactants and products while j =
1,2,3,... represent the reaction equation numbers and reaction
zones. In Reactions 1−3, the physical state of some reactants
and products (when needed to be specified) are specifically
represented as (g) = gas phase and (s/l) = solid or liquid phase.
For the sake of simplicity, in eqs 1−3 we assume that the

intermediate products B1 and B2 are completely consumed in
the RZ-2 and RZ-3 and therefore no intermediate product is
recirculated. Furthermore, we assume that the final products B3
and B4 are immobilized through the reactions with Reactants A3
and A4 and that these reactants in reaction zones RZ-2 and RZ-
3 do not react with A1 and A2. Within the content of ammonia
reaction, these assumptions are justified.

Figure 1. Flow diagram for a sustainable ammonia and symbiotic
fertilizer production based on biomass gasification.

Figure 2. Diagrammatic illustration of M-RZR system with reaction
zones RZ-j (j = 1,2,3), reactants, Ai and products, Bi (i = 1,2,3,4).
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A diagrammatic illustration of the reactor in which the above
reactions take place is illustrated in Figure 2. Here, the reactants
are fed into Reaction Zone-1 where an equilibrium reaction
takes place (Reaction 1). Products B1 and B1 undergo a reactive
separation in which they are immobilized through the reactions
at RZ-2 and RZ-3. These immobilization reactions should be
preferably an irreversible reaction such as acid−base titration.
They can also be adsorption or phase transformation (i.e.,
condensation).
The unreacted reactants A1 and A2 can be recovered and

recirculated. However, we assume that there is no unreacted
reactant (A1 and A2) recovery and recirculation is present. This
assumption can be realized by ensuring that the immobilization
reactions in RZ-2 and RZ-3 are complete. It also means that the
final product streams associated with B3 and B4 emerging from
RZ-2 and RZ-3 do not contain any unreacted reactants or
intermediates.
Theoretical. In order to achieve the above theoretical

reactions in the proposed multi-reaction-zone reactor, it is
necessary that

1. The reactants Ai and products Bi only undergo reaction
in their assigned reaction zones. This is achieved when
the reactants A1 and A2 are activated and react
catalytically to form the intermediates B1 and B2 in the
RZ-1. The activated species generated from A1 and A2

then decay rapidly outside this zone. This is possible by
using nonthermal plasma for activation and that the
activation can be selective.6−16,58

2. Similarly, reactants A3 and A4 do not react with any other
species but with B1 and B2 respectively in RZ-2 and RZ-
2. This is achieved by using significantly lower temper-
atures than RZ-1 and solid or liquid state reactants A3

and A4 with selective catalysts where possible.
3. The intermediates B1 and B2 are separated within the

reactor and diffuse into their reaction zones, although
there is no specific separation stage. It also implies that
the concentration of B1 and B2 are very low outside their
allocated reaction zones. We propose that these
separation and diffusion processes are achieved through
the reactions at RZ-2 and RZ-3 in which the driving force
for diffusion is provided by the respective free energy
changes ΔG2 and ΔG3. It also implies that spatial
distribution of the intermediates B1 and B2 in the reactor
space is heterogeneous despite the presence of Fickean
diffusion.

This type of approach to facilitated diffusion is well-known in
different disciplines. Written in Cartesian tensor notation, eq 4,
represents the mass transfer equation with chemical reaction in
which the concentration of species-β (β = Ai, Bi) C

(β), can be
written as

∑ α+ = =
β

α

α β β

=

DC
D

J Q N
t

1, 2, 3, ...
N

n n

( )

1
,

( , ) ( )

(4)

where comma (,) represents covariant differentiation. Here the
vectorial variables (Vn and Jn

(α,β)) are denoted by bold lettering.
Vn = Velocity vector; t = Time; Q(β) = Sink or source term for
the generation (source) or disappearance (sink) of species − β;
Jn
(α,β) is the flux of species-β associated with a given type of
driving force represented by α where, α = 1,2,3,... N. Here, N =
total number of diffusion processes each associated with the

mass transfer flux vector Jn
(α,β) where n = 1,2,3 corresponding to

the Cartesian coordinates Xn (i.e., X1, X2, X3).
The operator D/Dt is the material derivate of the scalar

concentration variable C(β) defined as

= ∂ ∂ +β β βDC Dt C t CV/ / ,n n
( ) ( ) ( )

(5)

In eqs 4 and 5, summation over the repeated tensorial and
vectorial indices (n = 1,2,3) is implied.
Jn
(α,β) can be decomposed into various components each

associated with a specific driving force as

= + +α β β βJ J J ...n n n
( , ) (1, ) (2, )

(6)

where, for example

= −β β βJ Đ C ,n n
(1, ) ( ) ( )

(7)

= Δβ β β β βJ F C C[ ; G ; , ]n n n
(2, ) ( ) ( ) ( ) ( )

(8)

Equation 7 represents Fickian diffusion with Đ(β) as the
diffusion constant of the species-β. Equation 8 is the diffusion
flux due to free energy change for the species-β when they
undergo transformation through reaction or phase change
(physicochemical changes) or indeed when these species
undergo stress induced morphological transformations.54,59−61

The presence of this term accounts for stress induced diffusion
and associated phenomena such as the presence of concen-
tration discontinuities during flow of microstructured flu-
ids.59−61 The explicit form of the function Fn

(β) needs to be
evaluated from the reaction kinetics. Such models are available
in structured fluids.62 The above consideration allows the mass
flux of various species toward the site of the reaction against the
Fickian diffusion and the presence of zones where the absolute
values of the concentration gradients (|C,n

(β)|) are very high.
M-RZR for Ammonia and/or Symbiotic Fertilizer

Production. Figure 2 illustrates the separation of intermediate
products B1 and B2 from RZ-1 and their conversion into the
final products B3 and B4 in RZ-2 and RZ-3. When applied to
ammonia production using H2 and N2, the proposed reactor
can be modified in practice as shown in Figure 3.
In this reactor, all of the reaction zones (RZ-j, j = 1,2,3) are

placed concentrically. The central reactor constitutes RZ-1
which is a nonthermal catalytic dielectric discharge plasma
(DBD) reactor similar to that used previously in ammonia
synthesis.6,16 H2 and N2 are fed from the inlet port (3) through

Figure 3. Diagrammatic illustration of a three-reaction zone (RZ-j)
concentric reactor system with heat transfer facility and plasma
reaction in RZ-1 reaction zone.
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mass flow controllers into the reaction zone containing catalyst
and plasma catalysis promotors (PCPs).6,16 The high voltage
electrode (2) is isolated from the catalyst via a quartz tube
while the earth electrode (1) can be in contact with the catalyst.
The outer wall of the RZ-1 reactor has a set of 8 holes (2 mm
diameter) placed circumferentially around the reactor wall, each
set of holes separated by 10 mm in the axial direction. Outside
the outer wall of RZ-1, a heating/cooling coil (7) is placed for
temperature control of RZ-1 and the second reaction zone RZ-
2 which is packed with suitable solid acid particles (such as
sulfonated polyHIPE polymers). s-PHP particles are fed from
the inlet port (4) in order to react with ammonia produced in
RZ-1. RZ-3 has an inlet port (5) as a facility.
s-PHP particles can be removed from the outlet (6)

operating with a gas trap facility. Outlet ports (7) and (8)
are used for RZ-1 and RZ-3, respectively. The outer wall of RZ-
2 reactor is also porous similar to the RZ-1 reactor.
The third reaction zone RZ-3 is essentially a refrigeration

stage to condense (using the cooling coil (8)) any unabsorbed
ammonia in RZ-2 thus essentially acting as a liquid trap. It is
also possible to place ionic liquids or indeed water for ammonia
absorption. Undissolved ammonia and unreacted gases are
removed from the exit port (8) in RZ-3 and analyzed.
The above reactions are represented below;

+ = ‐3H N 2NH @RZ 1: Ammonia synthesis2 2 3 (9)

+ =

‐

NH RXH RXNH

@RZ 2: (a) Conversion of ammonia to RXNH by acid
3 4

4 (10)

+ = ‐

‐

NH RXNH RXNH NH

@RZ 2: (b) Reversible ammonia absorption by RXNH matrix
3 4 4 3

4 (11)

+ =

‐

NH M M: NH

@RZ 2: (c) Reversible absorption/reaction/complexation with M
3 3

(12)

+ = ‐

‐

NH LXH LX NH

@RZ 3: (d) Reversible absorption by an ionic liquid
3 4

(13)

= ‐NH (g) NH (l) @RZ 3: Condensation of ammonia3 3 (14)

where RXH is, for example, R-SO3H (i.e., sulfonated cross-
linked polystyrene as solid acid or high boiling point liquid acid
(such as sulfuric acid) absorbed by a porous structure) or
irreversible absorption media. M is a reversible absorption
media such as metal salts, metal organic networks or gaseous
reactant (CO2) and LXH is an ionic (cationic) liquid which can
be used to dissolve ammonia as a means of storage although
this type of ammonia storage requires moderate pressures, ca. 5
bar to increase ammonia absorption capacity.30,31

When the acidic sites of sulfonated PHP are depleted, s-PHP
continues to absorb ammonia as represented in eq 11 until fully

Figure 4. Drawing of the high temperature membrane gas separation module with permeate-side oxidation reaction. (a) Overall module, (b) Top
cap of the module incorporating the feed-side and the membrane. (c) Membrane holder and perforated support.
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saturated. A more efficient ammonia capture can be achieved
through the use of cationic liquids which have been developed
for ammonia capture and storage.32−34 Alternatively, RZ-3 stage
(eq 14) can represent a refrigeration stage for the recovery of
anhydrous ammonia. In the current study, we have only used 2
of the reaction zones, namely RZ-1 and RZ-2 in order to
evaluate the effectiveness of s-PHP both in regards of reactive
absorption and separation, in order to increase conversion to
ammonia.

■ EXPERIMENTAL SECTION
All the gases were supplied by BOC Industrial Gases, UK. Barium
titanate (BaTiO3) and soda lime glass spheres (diameter of 3 mm),
were obtained from Catal Ltd. (UK) and Sigma-Aldrich respectively
and used without further treatment as PCPs. Their permittivity values
are 1000−6000 (BaTiO3) and 3.5 (glass).
Catalyst precursors used in this study were analytical grade

Ni(NO3)2·6H2O and Co(NO3)2·6H2O supplied by Sigma-Aldrich.
The catalyst support precursor was an epoxysilane (γ-Glycidoxypro-
pyltrimethoxysilane) coated silica dispersion supplied by AkzoNobel
(Finland) in the form of a 30 wt % dispersion under the trade name of
Bindzil 30 CC. The size of the silica particles was 7 nm. Catalyst
preparation was carried out using a Milestone S.R.I. (Italy) microwave
reactor as described previously.6,54

Mass flow controllers (MFCs) and a gas premixer were supplied by
Bronkhorst (UK) Ltd., UK. Plasma electrode material was stainless
steel mesh (grade 316 Stainless steel) purchased from F. H. Brundle
(UK). The mesh size was 3.18 × 1.81 mm. The strand width was 0.254
mm, and its thickness was 0.152 mm. The open area of the mesh was
60%.
Analytical. A Beckman-Coulter SA 3100 BET surface area analyzer

was used for the measurement of the specific surface area of the
catalyst at various stages of its production and use, using gas
adsorption technique. The scanning electron microscopy (SEM)
instrument was an Environmental SEM (XL30 ESEM-FEG) fitted
with a Rontec Quantax system for energy dispersive X-ray (EDX). The
fine structure of the catalyst samples were analyzed with a Philips
CM100 transmission electron microscopy (TEM) instrument, and the
images were collected using an AMT CCD camera. The X-ray
diffraction (XRD) equipment was a PANalytical X’Pert Pro
diffractometer, fitted with an X’Celerator. The X’Celerator is a
relatively new attachment to the X’Pert and has the effect of giving a
good quality pattern in a fraction of the time of the traditional
diffractometer. XRD was not only used to identify the phase structures
of the catalysts but also to estimate crystallite size using the Scherrer
equation.63,64 Gas analysis was conducted using online Varian 450-GC
gas chromatography equipment, the details and procedure of which are
available.16 A Bruker Tensor 27 Fourier transformed infrared (FTIR)
machine with Platinum ATR facility was used for FTIR analysis.

■ MEMBRANE AIR SEPARATION WITH CHEMICAL
REACTION

Air separation is a well established technology, mainly based on
pressure swing. The proposed method utilizes the availability of
thermal energy and the driving force for oxygen transport
through a permeate-side chemical reaction in a membrane
based gas separation method. Therefore, here we also
investigate the feasibility of in situ membrane air separation
with a chemical reaction.
Figure 4 illustrates the membrane air separation system with

permeate-side exothermic reaction. Essentially, this represents
the oxidation zone of a gasifier. Figure 5 illustrates the flow
diagram of the process including in situ gas composition
determination by gas chromatography in the permeate-side
after oxygen permeation and oxidation reaction in this zone.

The air separation with chemical reaction module illustrated
in Figure 4 consists of 5 blocks (101, 102, 103, 104 and 111)
assembled through high temperature gas seals (110, 109, 118
and 112). The top block (102) (also shown in detail in Figure
4b) and the bottom block (111) essentially seal the module
through screw sets (108 and 113) and have the facilities for
various inlets/outlets. Air feed inlet and outlet are located at
(105) while the inlets for reactive gases, sweeping gas and
reaction gas outlet are located at (114). The permeate side
(reaction zone) has an ignitor (115) to initiate the reaction.
Feed (air) side is located in the block (103) to which the
membrane assembly (104) is screwed on (117) through the
membrane holder. The preassembled membrane (104-3)
shown in Figure 4c placed in the membrane holder (104) is
sealed (104-4) and its reactive side rests on a macroporous
metal support (104-2).
The whole of the module, made from stainless steel, operates

under isothermal conditions. The module is heated at various
points (such as shown at 107) using cartridge heaters and the
temperature is monitored using thermocouples at various
locations (106 and 116). The whole module is insulated. Before
the start of the experiment, the module was heated for 24 h to
reach 600 °C and subsequently maintained at this temperature.
Figure 5 represents the process flow diagram. All the gases

are fed into their reaction zones from the pressurized gas
cylinders (Cyl-2−5) through MFCs while the air feed is
monitored by a mass flow meter (MFM-1). Flashback arrestors
are used on lines of the reactive gases (from Cyl-2,3,4) which
are mixed before entering into the reaction chamber. Pressure
of the air feed from Cyl-1 is monitored using a pressure gauge
(PG1). Pressure relief valves (PRV-1, 2) are fitted on the air
and permeate side. As sweeping gas, Helium is used from Cly-5
through MFC-4. The emerging gases from the feed and
permeate side are cooled to ca. 25 °C at the exit and the flow
rate of the gases from the permeate side is measured using the

Figure 5. Diagram of the experimental rig for air separation with
permeate-side chemical reaction showing the separation module been
connected to the air feed-side permeate-side reactants as well as the
product gas analysis by GC.
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MFM-3 before being fed into the gas chromatograph (GC-1).
All of the variables are recorded on a computer.
Membrane Preparation. The oxygen selective membrane

used in this study was prepared from Perovskite type mixed
oxide, La0.6Sr0.4Co0.2Fe0.8O3‑δ (LSCF6428) and supplied by
Praxir (UK) in powder form. Each membrane had 2.0 g of
perovskite powder which was pressed in a 32 mm die at 1150
°C at a heating rate of 1 °C/min with a dwell time of 5 h
followed by slow cooling over 24 h. The discs shrank from 32
mm diameter and 2 mm thickness to 25 mm diameter and 1
mm thickness.
A membrane disc was placed into the membrane holder

(Figure 4, 104) and sealed with sodalime glass using the
method described by Akay et al.55 which required further heat
treatment at 800 °C.
Permeate Side Reaction. At the permeate side of the

separation module, we used 2 oxidation reactions using the
permeated oxygen.

+ → + Δ = −GCH 2O CO 2H O 817.9 kJ/mol4 2 2 2
o

(15)

+ → Δ = −GCO 1/2O CO 514.2 kJ/mol2 2
o

(16)

In the oxygen permeation experiments, CO2 concentration
was measured in the effluent from the reaction zone of the
separator using an Agilent 6890N GC equipment with a
thermal conductivity detector calibrated to detect H2, He, N2,
O2, CH4, CO and CO2. Permeation experiments were carried
out at 600 °C and 1 bar pressure both in the feed and permeate
side. Air flow rate in the feed side was 30 mL/min while at the
reaction side, total gas (carrier gas, He + reactive gas, CH4 or
CO) flow rate was also 30 mL/min. The oxygen flux was first
measured without any reaction using just He carrier gas and it
was found that 0.11% of O2 from the feed side permeated as a
result of leakage and the permeation rates under reactive
conditions were corrected for this leakage.
The permeate flux (JO2) for O2 is calculated as

= − +‐J F y A[ C C C ]/O2 out CO2 O2 leakage O2 M (17)

where y = 2 for CH4 oxidation (eq 14) and y = 1/2 for CO
oxidation (eq 16), Fout is the effluent flow rate, AM is the
membrane surface area, CO2‑leakage is the correction for O2
leakage and CCO2 and CO2 are the outlet CO2 and O2
concentrations, respectively.

■ AMMONIA PRODUCTION

The ammonia production was carried out in two stages.
Initially, we used the same equipment as described
previously6,16 and directly compare the data with that obtained
from the new reactor system illustrated in Figure 3. We also use
a new type of surface coated catalyst which combines the basic
catalyst with the PCP6,16 in order to enhance conversion.

Basic Catalytic Plasma Equipment and Ammonia
Process. A general purpose plasma reactor equipment was
developed (illustrated in Figure 6). Here, the basic catalytic
plasma reactor (207) is shown. It consists of two concentric
quartz tubes. The outer tube has an inner diameter of 32 mm
and the inner tube has an outer diameter of 17 mm thus giving
an annular reactor gap of 7.5 mm. High voltage electrode (207)
and the ground electrode (206) are connected to the power
supply (208) providing an alternating sinusoidal high voltage
up to 20 kV amplitude (peak-to-peak) and 20 kHz frequency.
Ground electrode (in the form of stainless steel mesh) can be
located either outside the outer tube or inside the reactor while
the counter electrode (207a) is placed inside the inner tube as
shown in Figure 6. The annular gap (209) is filled with catalyst
and PCPs in the form of 3 mm BaTiO3 or glass spheres in the
reaction zone of 100 cm3 corresponding to the length of the
electrodes. Outside the catalyst region, the reactor is packed
with glass wool at the inlet and outlet (205).
The reactants are fed from the gas cylinders (202-n) through

MFCs (203-n) via a gas mixer (204). The reaction mixture is
analyzed after passing the effluent through a gas chromato-
graph. Alternatively, in the case of ammonia synthesis, effluent
was bubbled through a 10 mL of 0.05 M H2SO4 solution, using
methyl orange indicator to monitor the pH change. The color
change (pink to yellow) of the solution indicates the
neutralization of the acid by ammonia in the effluent. Ammonia
concentration in the effluent is calculated from16

= ×
× + × −V t V t

NH % 100
24.04

( H N 24.04)3
2 2 (18)

where VH2 is the input volume of hydrogen, and VN2 is the
input volume of nitrogen at 20 °C; t is the time used to
neutralize 10.0 mL 0.05 M of H2SO4 by NH3 produced by
plasma; 24.04 is the molar volume of gas at 20 °C). When GC
is used to determine the concentrations of various species, N2

Figure 6. Flow diagram of the plasma reactor for various applications.
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from the nitrogen cylinder (213) was used as the reference gas.
The conversion of N2 (or NH3 yield) is defined as

= ×
−

N Conversion (mol %)

100
N (mole input) N (mole output)

N (mole input)

2

2 2

2 (19)

The relationship between nitrogen conversion to ammonia (E)
and ammonia concentration at the reactor exit (C) is given by

= + +E C R C/ (1 )/(1 )1
2 (20)

where R = [H2]/[N2] is the molar ratio of H2 and N2 at the
reactor inlet. The specific input energy (SIE) per mole of
ammonia produced is calculated from

=SIE [Plasma Power]/[Molar Flow Rate of Ammonia Produced]
(21)

In terms of outlet ammonia concentration (C), Plasma Power
(P), and total inlet gas flow rate, VT (=VN2 + VH2), SIE in J/
mol is calculated from

= +G C P CVSIE (J/mol) [ (1 ) ]/[ ]T (22)

where G is the molar volume of an ideal gas at 20 °C (24.0 L/
mol), P is in Watts (W) and VT is in L/s.
The details of the basic reactor shown in Figure 6 are

described in Figure 7.

Here, the electrodes are insulated by being outside the quartz
wall which represents Reactor-1 configuration. When the
ground electrode is within the quartz tube in the form of a
cylindrical mesh, it is referred to as Reactor-2.
M-RZR for Ammonia Production. In order to demon-

strate the working of the M-RZR, we have used the reactor
shown in Figure 3, albeit in a batch mode as far as s-PHP was
concerned and Reaction Zone-3 was not used. In this reactor,
RZ-1 corresponds to the DBD-Reactor shown in Figure 6, the
performance of which was fully evaluated previously.6,16

However, the outer wall of RZ-1 is now perforated and the
gases are free to diffuse into RZ-2 zone.
In the current experiments, both electrodes were made from

stainless steel mesh. The temperature of the RZ-1 was ca. 250
°C, when no s-PHP was used to establish the baseline
conversion. However, in the presence of s-PHP acting as an
insulator, the temperature of the central reactor was ca. 340 °C
at the end of 52 h of continuous plasma processing. The
outside wall of RZ-2 was exposed to room temperature and
hence there was a temperature gradient across RZ-2. At these
RZ-1 temperatures, s-PHP is thermally stable. It is possible to
remove the product (ammonia and unreacted gases) from RZ-1

directly. However, in the current experiments, the products are
removed from RZ-2 after passing through the packed bed of s-
PHP.
The Reaction Zone-1 (RZ-1) of the M-RZR system was filled

with a mixture of BaTiO3 (95.5 wt %) as PCP and Ni/Si = 1/4
Mw-ABC (4.5 wt %) as silica supported nickel catalyst (volume
% 50−50). The reaction zone RZ-2 was filled with 180 g
sulfonated PHP particles (in the form of 5 mm cubes) with
degree of sulfonation of 95.6%. Pore volume of s-PHP was
90%. Initial experiments with this reactor were performed
without any s-PHP when H2/N2 = 4, in order to establish the
level of ammonia conversion as reference. Identical conditions
were used when RZ-2 contained s-PHP.
Before the start of the plasma experiment, the whole of the

reactor system was purged with nitrogen by injecting N2 from
the gas cylinder over a period of 24 h until no other gases were
detected by GC. Then a mixture of H2 and N2 (H2/N2 = 4) was
passed at a flow rate of 50 mL/min without the application of
plasma. Initially, the H2/N2 ratio was low due to the presence
of excess N2. When this ratio reached 4, plasma was switched
on and the gas concentration and total gas flow rate at the
outlet was determined and nitrogen conversion to ammonia
was determined.

Catalyst Preparation. Coassembled supported catalysts
with hierarchic pores produced through combined flow and
radiation (microwave, UV or thermal) induced coassembly
were prepared using the technique described recently by
Akay.54 These catalysts are particularly useful when the reaction
is carried out under a high electric field including plasma with
an electrode inside the reaction zone. As a result, they have
been used in DBD plasma reactors in various gas-phase
reactions relevant to energy conversion processes, including
ammonia synthesis.6,16 In these studies, we have shown that,
catalyst performance and selectivity were significantly enhanced
when they were used as a mixture with PCPs.16 The PCPs were
used as spheres (ca. 1−3 mm diameter) across the plasma space
of the reactors when the plasma gap is large (ca. 10 mm) in
order to maintain the plasma, as large-gap plasma reactors are
necessary in industrial applications.

Coating of Catalysts. When a 50−50 (by volume) catalyst
and PCPs are used in ammonia synthesis, conversion was
maximum.6,16 We have attributed this to the generation of
activated species on the PCP surface and ammonia synthesis on
the catalyst before decay of the activated species. It is therefore
possible to obtain a Catalyst-PCP system through catalyst
design in which the surface of the porous catalyst is coated with
a porous PCP layer using a high permittivity material such as
BaTiO3. Such catalysts would be physically stronger and they
can be used in the presence of strong electric fields.
Powder and catalyst coating are well-known.65 However,

during processing, the physical integrity and the chemical
activity of the porous catalyst should not be compromised and
the coating itself should provide the desired functions. The high
porosity of the catalyst particles also presents further difficulties.
However, our main objective is to demonstrate that the coating
of catalysts with a high permittivity material can enhance
plasma catalysis. Here, we use the coating method given by
Akay.66

Throughout this study, we mainly use a silica supported
nickel catalyst with molar ratio of [Ni]/[Si] = 1/4 employing
the method and notation described by Akay.54 A sufficient
amount of catalyst precursor salt, Ni(NO3)2·6H2O was
dissolved in the catalyst support precursor fluid which consisted

Figure 7. Basic DBD plasma reactor with nonporous walls made from
quartz. (1) Outer wall, (2) high voltage central electrode, (3) inlet for
the reactants, (4) glass wool, (5) catalyst and PCP space, (6) ground
electrode, (7) product outlet. Adopted from ref 6.
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of silane coated SiO2 particles dispersed in water at 30 wt % to
obtain the desired molar ratio. 10 mL of this fluid was placed in
a 19 cm diameter watch glass and subjected to microwave
radiation at 1 kW power for a period of 4 min at room
temperature. The reasons for the use of a watch glass are
associated with the mechanism of catalyst formation.54 As a
result of this treatment, an expanded, highly porous silica
supported nickel oxide solid mass was obtained. This material
(coded as Ni/Si = 1/4 Mw-A) was then heat treated at 600 °C
in order to burn off the silane coating.6,54 This material was
coded Ni/Si = 1/4 Mw-AB. Afterward, NiO was reduced in a
tubular reactor described previously (Figure 6) without the
application of plasma. However, we note that the application of
plasma is beneficial for catalyst stability.10,15,67 Hydrogen at a
rate of 50 mL/min (STP) was used for reduction for 24 h at
550 °C. The resulting supported catalyst (in reduced form) was
coded as Ni/Si = 1/4 Mw-ABC. The reduced catalyst was then
used in the ammonia synthesis. The resulting spent catalyst was
coded as Ni/Si = 1/4 Mw-ABCD. The porous catalyst had a
density of 0.2 g/mL. Silica supported cobalt catalyst, Co/Si =
1/4Mw-ABC was prepared in exactly the same way as the Ni/
Si= 1/4Mw-ABC using a cobalt nitrate precursor.
Barium Oxide Coated Ni/Si Catalyst. In this method, 10

g Ni/Si = 1/4 Mw-A sample was saturated with water and
sufficient Ni−Si precursor fluid (30 g) added in order to obtain
overall Ni/Si = 1/3. The resulting catalyst slurry was
microwaved at 1 kW for 5 min to decompose Ni(NO3)2. 15
g of the resulting sample material was subsequently saturated
with water. To the moist sample was gradually added 10 g of
BaO powder while mixing. This resulted in the formation of a
highly viscous Ba(OH)2 layer on the surface of the catalyst
particles. After the addition of all the powder, the resulting
particles were microwaved again for 5 min to evaporate water.
Finally, the agglomerated particles were then heat treated at
600 °C for 2 h to convert Ba(OH)2 back to BaO. The overall
molar concentration ratio Ni/Si in the coated catalyst increased
from 0.25 to 0.33.
Sulfonated PolyHIPE Polymer (s-PHP) Synthesis. The

synthesis of s-PHP is based on the method described by Akay
et al.26 PHP was a cross-linked styrene−divinylbenzene
copolymer prepared through a HIPE polymerization. HIPE
had a 90% dispersed phase prepared by using a batch
technique.68 The underlying rheological background of the
processing based on flow induced phase inversion is
available.38,68−70

Continuous oil phase (100 mL) and dispersed aqueous phase
(1 L) were prepared separately. 25 mL of continuous phase was
poured into a stainless steel mixing vessel, and 225 mL of
aqueous phase containing 10% H2SO4 was pumped continu-
ously into the continuous phase for 5 min with constant
stirring. Mixing was done using a 9 cm diameter double blade
impeller in which the two blades are positioned 1 cm apart, at
right angles to each other. The base of the impeller was
positioned 1 cm above the bottom of the vessel and the
rotational speed of the impeller was 300 rpm. On completion of
the 5 min dosing period for the aqueous phase, stirring
continued for another minute. The resulting HIPE was then
poured into 50 mL plastic tubes (26 mm diameter) and placed
in the oven overnight at 60 °C to allow polymerization to
occur. After polymerization of the HIPE, the solid PHP
cylinders were removed from the tubes and sliced into 4 mm
thick discs. They were then washed in deionized water, air-dried
overnight and subsequently sulfonated.

To increase the absorptive capacity of PHP, discs were
soaked in concentrated H2SO4 (98%) for 2.5 h. During this
time the containers were agitated periodically to ensure that
both surfaces of the discs remained in contact with the acid.
After soaking, the discs were removed from the acid, placed on
the microwave turntable and microwaved at 850 W, 180 °C for
5 × 30 s periods with four alternating 1 min cooling periods.
They were inverted after the third heating interval so as to
reduce the occurrence of uneven heating. On cooling, the discs
were washed in deionized water. They were then left to dry in a
fume cupboard, once dried the discs were then ready to be used
in gas cleaning or ammonia based SRS-fertilizer. The surface
area of these polymers was 9.4 ± 0.8 m2/g which is
approximately 1 order of magnitude higher than the
unsulfonated hydrophobic polymer. However, it is possible to
obtain very high surface area PHPs approaching to ca. 500 m2/
g.26

■ RESULTS
Membrane Air Separation with Chemical Reaction. In

order to enhance the calorific value of and H2/CO ratio in
syngas produced by gasification, the use of oxygen and water as
oxidation agent are necessary for energy efficiency as well as the
capital cost of the process. Such a process ensures that no
external energy input is necessary and the syngas outlet
temperature is low. The current oxygen separation equipment
represents the oxidation zone of the gasifier in which CO2 can
be considered to be the sweeping gas. Here we use helium as
the sweeping gas because CO2 itself is produced in the
permeate-side reaction. Due to the laboratory restrictions
placed on temperature, we operated the membrane reactor at
600 °C rather than the usual operation temperature range of
800−1000 °C. Therefore, the results presented here represent
very low end of the permeation rate for O2.
Table 1 represents the summary of the permeation

experiments for two different reactions taking place on the

permeate side as a result of oxygen permeation. The results
were obtained from data taken after 1 h of permeation/reaction
experiments. It is shown that there is some leakage of oxygen
and nitrogen in the absence of any reaction. In the presence of
chemical reaction, oxygen permeation is far in excess of the
leakage. However, the oxygen permeate flux for both reactions
are similar although the magnitude of free energy associated
with CH4 oxidation reaction is nearly 60% higher compared
with CO oxidation reaction. This indicates that the membrane
is probably affected by the reactants and the reaction products.
This will result in oxygen partial pressure at the membrane
surface on the permeate side.

Table 1. Summary of Results for Oxygen Separation from
Air with Permeate Side Chemical Reaction

Permeate Side
Input Flow Rate

(mL/min) Calculated Values

Feed Side Air
Flow Rate
(mL/min) He CH4 CO

O2 Flow
Rate

(mL/min) O2 Flux (mL·h−1·cm2)

30 30 0 0 1.8 0.37
30 15 15 0 32.4 6.60
30 15 0 15 36.6 7.46
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In the current experiments, the pressures on both sides of the
membrane was kept at 1 atm. The oxygen flux across the
membrane is given by the Wagner equation.71

σ σ
σ σ
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+
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2

1
2 (23)

where JO2
is the oxygen flux, R is the gas constant, F is Faraday’s

constant, L is the membrane thickness, σi is the oxygen ionic
conductivity of the membrane material, σe is the electronic
conductivity of the material, T is the membrane temperature
and the oxygen partial pressures at the feed and permeate side
are P2 (which is approximately P2 = 0.21 Pa) and P1,
respectively.
It has been suggested that oxygen partial pressures can be as

low as 10−20 to 10−22 Pa under reaction conditions.72−74 Other
studies indicate more modest oxygen partial pressures at
10−12−10−16 Pa under reactive conditions75 or even greater at
10−3 Pa in the presence of an inert sweep gas.76−78 It also
appears that the oxygen partial pressure on the permeate side is
affected by the chemical nature of the reactive gases as well as
the gases produced.72 Although the current studies were carried
out at relatively low temperatures (600 °C) rather than 800−
1000 °C, the results are promising to achieve in situ air
separation.
Catalyst Preparation and Characterization for Ammo-

nia Synthesis. Here we used silica supported nickel or cobalt
catalysts (with molar ratio M/Si = 1/4; where M = Ni or Co).
This basic catalyst was donated (using the notation of ref 54) as
M/Si = 1/4-Mw-ABC and used in our previous studies.6,54 The
BET surface area of the fresh Ni catalyst was 181 m2/g, XRD
based (using the Sherrer equation63,64) catalyst crystallite size
evaluated from the dominant NiO peak at 2θ = 44.5° was 2.76

nm, reduced from the NiO crystallite size of 3.08 nm evaluated
at the dominant NiO peak at 2θ = 43.2°. After 52 h of
continuous ammonia synthesis without any decay in perform-
ance, the corresponding XRD based catalyst size (for both Ni
and NiO) reduced to <1 nm when the corresponding
diffraction peaks became very broad and the BET surface
area increased to 186 m2/g.
The BET surface area of the fresh Co catalyst prepared by

microwave irradiation of the fluid precursor fluid was 152 m2/g.
Fresh catalyst oxide (Co/Si = 1/4Mw-A) was Co3O4 with
dominant XRD diffraction at 2θ = 36.7° which corresponds to
9.20 nm crystallite size. After heat treatment at 600 °C (Co/Si
= 1/4Mw-AB) Co3O4 size increased to 10.1 nm. Following
reduction at 550 °C the catalyst (Co/Si = 1/4Mw-ABC) was
not fully reduced and the catalyst oxide (CoO) size evaluated at
2θ = 42.4° was 6.21 nm and Co size evaluated at 2θ = 44.3° was
15.6 nm. BET surface area of the reduced catalyst (Co/Si = 1/
4Mw-ABC) was 130 m2/g. We note that the relationship
between Co3O4 size, d(Co3O4), and Co size, d(Co), does not
fit in with relationship67 d(Co) = 3/4 d(Co3O4) because the
current catalyst structure is different from that obtained by the
classical impregnation method.54

The distribution of nickel and silica is different in the walls
and the surface of the pores as shown in Figure 8. The
concentration of nickel is significantly higher on the surface as
shown in the EDX images. Figure 8a is the electron image of
the catalyst before any heat treatment while Figure 8b,c,d shows
Si. Ni and oxygen distributions. As a result, Ni/Si = 1/4Mw-
ABC catalysts could not be used in the plasma reactor when the
ground electrode was within the reaction zone as it resulted in
microdischarges between the catalyst and the electrode. This
was one of the reasons for using surface coated catalysts.

Figure 8. Silica, Ni and O distributions of the catalyst Ni/Si = 1/4Mw-A. (a) EDS image, (b) silica distribution, (c) nickel distribution, (d) oxygen
distribution.
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Surface Coated Porous Ni/Si Catalysts. A typical
microstructure of a surface coated catalyst is shown in Figure
9. Figure 9a is the overall appearance of the coated catalyst.

Figure 9b is the catalyst structure immediately below the
coating together with the coating. Figure 9c,d, describes the
pore and wall structure at high magnifications. Although the

Figure 9. Surface and core structure of the coated catalyst. (a) Overall image of the coated catalyst particle, (b) surface structure of the coated
catalyst immediately below the coat, (c) pore structure at a distance ca. 150 μm from the surface, (d) wall structure at large magnification.

Figure 10. EDX analysis of a BaO coated Ni/Si catalyst. (a) Spectrum of the catalyst surface with Ni/Si/Ba = 1/3.13/0.61; (b) Spectrum of the
catalyst core (ca. 150 μm from surface) with Ni/Si/Ba = 1/3.29/0.086.

Figure 11. XRD pattern of Ni/Si catalysts before and after coating. (a) Ni/Si = 1/4Mw-AB, (b) after increasing surface concentration of Ni/Si = 1/
4Mw-AB to Ni/Si = 1/3 to obtain the precursor catalyst for coating, (c) BaO coated Ni/Si = 1/3 catalyst.

ACS Sustainable Chemistry & Engineering Research Article

DOI: 10.1021/acssuschemeng.7b02962
ACS Sustainable Chem. Eng. 2017, 5, 11588−11606

11598

http://dx.doi.org/10.1021/acssuschemeng.7b02962


porous structure of the base catalyst is maintained and the
surface coating itself is porous, the walls are thicker and the
pore interconnectivity is reduced significantly. The EDX-
analysis of the surface and core regions shown in Figure 10
indicate that the penetration of the coating material (BaO) into
the porous core is limited. On the surface the molar ratio of Ni,
Si, Ba is Ni/Si/Ba = 1/3.13/0.61 while within 150 μm below
the surface Ni/Si/Ba = 1/3.29/0.086. But this is not always the
case as when a number of small base catalyst particles
agglomerate during coating. It results in the presence of BaO
between the base catalyst particles. It is known that Ba can be
used as a promoter of plasma catalysis6,13,53,54 and hence this
type of agglomerative coating can be useful when plasma
microdischarges take place within the pores of the catalyst
particles.
The XRD pattern of the coated catalyst particles is shown in

Figure 11. The XRD patterns (a, b and c) represent the
catalysts with Ni/Si molar ratio of 1/4 and 1/3 respectively,
corresponding to the catalysts denoted as Ni/Si = 1/4Mw-AB,
and Ni/Si = 1/2Mw-AB. Figure 11c represents the XRD
pattern of the BaO coated catalyst. This pattern is consistent
with that of BaO with peaks79 at 2θ = 19.7°, 26.9°, 30.8°, 33.6°,
43.0°, 44.9°, 55.9°, 60.9° and 68.2°. Silica support is identified
by the broad peak at 2θ = 21.9° while NiO peaks appear at 2θ =
37.5°, 43.2°, 63.1°. The dominant NiO peak at 2θ = 43.2°,
overlaps with the BaO peak at 43.0° in the coated sample.
Therefore, for the calculation of NiO size, we use the secondary
peak at 2θ = 37.5°. NiO catalyst size at two Ni/Si ratios (1/4
and 1/3) are calculated as 4.2 nm and 7.71 nm for the Ni/Si =
1/4Mw-AB and 3.64 nm for the coated catalyst denoted as Ni/
Si = 1/3(CC-P)AB. Figure 11 indicates that the XRD based
catalyst size increases with catalyst loading as shown before.54

However, the NiO peaks in the XRD pattern of the coated
catalyst in Figure 11 are dominated by BaO which restricts the
use of them in catalyst size estimation. The summary of the
catalyst characteristics are shown in Table 2.

Characterization of Sulfonated PolyHIPE Polymer (s-
PHP). The preparation of cross-linked styrene-divinylbenzene
based PHP with porosity of 90% and its subsequent sulfonation
to obtain s-PHP were carried out using the technique by Akay
et al.26,36−43,68 The sulfonation method used here essentially
starts at the polymerization stage when the aqueous phase
contains 5−10% sulfuric acid. If the concentration of the acid is
above ca. 15%, the HIPE becomes unstable and produces
coalescence pores which have extremely large pores (several
mm) and large number of small diameter interconnecting holes
compared with the primary pore structure.40,43 Further increase
in acid content results in HIPE breakdown and phase
separation during polymerization.
At the polymerization temperature of ca. 60 °C, a small

degree of sulfonation takes place during polymerization. It

subsequently allows the absorption of concentrated sulfuric acid
at the full sulfonation stage. Otherwise, the penetration of the
acid is confined to ca. 100 μm. Indeed, sulfonation of the acid
containing PHP can also be achieved without any concentrated
acid so as to prevent the subsequent removal of excess acid.26

The thermal sulfonation at ca. 60 °C requires several hours
whereas, microwave sulfonation is complete within 4 min.
However, here, the emphasis is to obtain elastic s-PHP with a

relatively large pore size (ca. 30 μm) and extensive
connectivity; i.e., ca. 10 μm size interconnections between
pores and nm-size connections across the pore walls in order to
reduce mass transfer resistance for metabolites for bioactive
PHPs when these materials are used as symbiotic fertilizers. A
high degree of sulfonation (90−96%) is desirable for both
ammonia sequestration and water uptake in fertilizer
applications. Note that before the microwave sulfonation
using concentrated sulfuric acid, PHP is not elastic even it
were to be sulfonated with microwave radiation. The structure
of elastic s-PHP used in the current experiments is shown in
Figure 12. These images show the overall interconnected pore
structure (Figure 12a,b) as well as the pop-marks due to
microwave irradiation during sulfonation (Figure 12c,d). These
images indicate that microwave sulfonation can be identified
from the pop-marks as finger prints. The surface area of this
material is small. Sn-PHP samples with higher surface area
(>ca. 100 m2/g), the walls themselves become porous as shown
in Figure 12e,f.
The FTIR spectra of the unsulfonated PHP (Spectrum-A),

sulfonated PHP (s-PHP, Spectra B and C) and sulfonated and
NH4OH neutralized PHP (sn-PHP, Spectrum D) are shown in
Figure 13. Here, there are two s-PHP spectra present. During
sulfonation of PHP, carbon is also generated when the
microwave power is not uniformly distributed or when the
microwave irradiation power is high or sulfonation time is long.
The regions where the carbon generation is not significant
appear as beige in color while the remaining carbon containing
regions are black. In Figure 13, Spectrum B represents the
carbonized part region while Spectrum-C represents the
remaining regions. The broad peak at 2130 cm−1 is associated
with elemental carbon. Sulfonic group stretching vibrations at
1040, 1180 cm−1 and the broad peak at 3400 cm−1 due to −OH
stretching, indicate the presence of sulfonation.80

As shown previously,3,4,48 when sulfonated and neutralized
PHP (sn-PHP) is used as a SRS-media with or without
bioactivity, it also acts as a cation exchanger. The s-PHP holds
cationic micronutrients from soil through water absorption and
subsequently transfers them to plant as a result of plant root
ingrowth. It is therefore important to obtain s-PHP with high
ion-exchange capacity. The evaluation of cation exchange
capacity (CEC) was carried out by potentiometric titration of s-
PHP with sodium hydroxide. The results are shown in Table 3.
Sulfonated cross-linked polystyrene−divinyl benzene poly-

mers have one of the highest ion-exchange capacities.13,81,82

They are also available commercially but not in a macro- or
microporous form. Although the equilibrium CEC of thermally
sulfonated PHP (Sample 4 in Table 3) is some 50% smaller
than the commercially available ion exchange resins, their rate
of exchange is very fast due to their porosity.82 However,
through this study, the CEC levels of s-PHP has now been
raised to those of commercial exchange resins as these resins
have CEC levels in the range 4.8−6.1 mequiv/g. These highly
water absorbing, swellable, porous s-PHP materials with high
CEC values, have now been used successfully in biotechnology

Table 2. Characteristics of BaO Coated Catalysts at Various
Stages of Processing

Property

Sample
BET Surface Area

(m2/g)
NiO Size by XRD

(nm)

Ni/Si = 1/4 Mw-AB 206 4.2
Ni/Si = 1/3 Mw-AB (precursor for
coating)

178 7.1

Coated Catalyst (Ni/Si = 1/3) 147 3.7
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as support/reactor for microorganisms and cells83 as well as
SRS-media in agriculture.3,4,48,49 It has been shown that the
CEC capacity of commercial ion exchange materials (polymeric
or inorganic) are in agreement with those obtained by NH3

adsorption studies carried out at 100 °C.81 Therefore, we can
expect that s-PHP with high CEC capacity can be used for the
removal of ammonia.
Catalytic Ammonia Synthesis Using Plasma and

Coated Catalysts. The research herein is essentially a
summary of the follow-on study of a recently published
method of catalytic ammonia synthesis promoted by non-
thermal plasma.6,16 In the present study, we use exactly the
same equipment, method and conditions except for the catalyst.
The purpose is to test the effect of surface coating of the
catalyst on ammonia conversion in order to understand the
function of the PCP in plasma reactors.
The summary of the results are shown in Table 4. In the

experiments numbered (1−7), we used the basic reactor shown
in Figure 7 where two types of electrode configurations were

employed. They were referred to as Reactor-1 (when both
electrodes were outside the plasma reaction zone) and Reactor-
2 (when the ground electrode was within the plasma reaction
zone in contact with the catalyst). The following experimental
conditions were used: Total inlet gas flow rate, VT = 25 mL/
min, H2/N2 molar ratio was R = 3 and the plasma reaction zone
volume was 100 mL.
In experiment (8) shown in Table 4, the reactor was the new

M-RZR with Electrode-2 configuration; i.e., the earth electrode
was inside the reactor. However, in the case of the M-RZR
system, the outer wall itself is macro-porous (with 1 mm holes),
hence the ground electrode can be considered to be in contact
with the catalyst even if the Electrode-1 configuration is used.
It can be seen from Table 4 that when the Reactor-1

configuration was used, both glass and barium titanate spheres
act as PCPs with conversion of ca. 6 and 7%, respectively. Co/
Si = 1/4Mw-ABC catalyst resulted in 7% nitrogen conversion
to ammonia while Ni/Si = 1/4 Mw-ABC catalyst yielded over
11% conversion under the same conditions. However, the

Figure 12. Microstructure of sulfonated PHP. (a) Overall structure (bar = 100 μm), (b) pore and interconnect structure (bar = 10 μm), (c) wall
surface structure (bar = 1 μm), (d) wall fracture surface (bar = 100 nm), (e) cross section of the wall showing porosity within the wall for high
surface area ns-PHPs (bar = 500 nm), (f) wall surface structure for high surface area ns-PHP (bar = 200 nm).

ACS Sustainable Chemistry & Engineering Research Article

DOI: 10.1021/acssuschemeng.7b02962
ACS Sustainable Chem. Eng. 2017, 5, 11588−11606

11600

http://dx.doi.org/10.1021/acssuschemeng.7b02962


energy efficiency of conversion as measured by specific input
energy (SIE) (in MJ/mol) shows that the performance of Ni/Si
= 1/4 Mw-ABC is better than that of Co/Si = 1/4 Mw-ABC by
more than 50%. Similarly, when PCPs (glass or barium
titanate) were used, conversion to ammonia was more than
50% more for barium titanate. Hence the subsequent
experiments were carried out using Ni/Si = 1/4 Mw-ABC
and barium titanate as the preferred PCP.
It is important to note that when Ni/Si = 1/4 Mw-ABC or

Co/Si = 1/4 Mw-ABC were used in the Reactor-2 (one
electrode within the reaction space), it was not possible to
generate uniform plasma due to localized electric discharge.
The use of the Reactor-2 was possible with PCPs when they
were used either by themselves of as a mixture with the
catalysts. Or alternatively, coated catalysts could be used with or
without PCPs as shown in Table 1.
Barium titanate with a very large permittivity of >1000 is a

more effective PCP (with higher conversion at a lower specific
input energy) than glass which has a low permittivity at 3.5. We
can expect a very small level of permittivity for the catalyst
system as even the catalyst support (SiO2) has low permittivity
at 34. The surface permittivity of the catalyst can be improved
by coating it with high permittivity material. In this study, we
used BaO rather than BaTiO3 because the BaTiO3 precursor
was needed to be heat treated at a very high temperature
(>1000 °C). Nevertheless, we have shown that BaO coating has
improved conversion while reducing the SIE when it was used
in Reactor-2. Conversion efficiency of the coated catalysts is
further improved when they were used as a mixture with
BaTiO3 PCPs as shown in Table 4.
However, in the presence of PCPs, the performance of the

coated catalyst was inferior to that of the uncoated catalyst.
This is probably due to the fact that as the concentration of the
catalyst (Ni−NiO) is higher in the coated catalyst, (i.e., Ni/Si ∼
1/3), the catalyst size increases 4.2 nm to 7.1 nm (for the
precursor catalyst before coating) as seen in Table 3. The XRD
measure of the catalyst size decreased to 3.7 nm (Table 3) after
coating and heat treatment. This decrease may be due to the
fact that new nanostructures appear on the catalyst coat after
BaO coating and heat treatment. Furthermore, the catalyst

Figure 13. FTIR spectra of various styrene-DVB cross-linked PHPs.
(A) Base PHP before sulfonation; (B) after sulfonation (with low
carbon content), (C) same as in part B with high carbon content, (D)
after sulfonation and NH4OH neutralization.

Table 3. Characteristics of Sulfonated PS-DVB PHP

s-PHP Characteristics

Sulfonation Method

Degree of
Sulfonation

(%)
Cation Exchange

Capacity (mequiv/g)

Water
Uptake
(g/g)

(1) In Situ
Sulfonationa

4.20 0.34 1.6

(2)
Postpolymerization-
1a

41.7 1.48 10

(3)
Postpolymerization-
2a

95.6 5.31 19

(4)
Postpolymerization
Thermala

58.4 2.76 13

aNotes: (1) In situ sulfonation takes place during polymerization; (2)
Postpolymerization-1 is carried out with 10% acid in aqueous phase
using microwave radiation; (3) Postpolymerization-2 is carried out
after the absorption of 98% sulfuric acid by in situ sulfonated polymer
using microwave; (4) sulfonation is carried out thermally after
polymerization of acid free HIPE.

Table 4. Summary of Ammonia Synthesis Using a Single-Zone Plasma Reactor and Various Catalysts. Total volume = 100 mL

(Experiment No.) Catalyst Description
(weight)

VT
(mL)

R
(−) Reactor Type

NH3 Outlet Concentration
(C) (vol %)

N2 Conversion (E)
(mol %)

Wall Power P
(W)

SIE
(MJ/mol)

(1) Glass Spheres (270 g) 25 3 1 3.1 6.0 115 220
2 − − − −

(2) BaTiO3 Spheres (330 g) 25 3 1 3.8 7.3 93 146
2 3.8 7.3 77 121

(3) Co/Ni = 1/4 Mw-ABC (20 g) 25 3 1 3.8 7.3 140 219
2 NP NP NP NP

(4) Ni/Si = 1/4 Mw-ABC (20 g) 25 3 1 5.9 11.2 140 145
2 N/P N/P N/P N/P

(5) 8 g Ni/Si = 1/4 Mw-ABC 165 g BaTiO3 25 3 1 6.4 12.0 115 110
2 6.4 12.0 87 83.3

(6) 45 g BaO coated Ni/Si = 1/4 Mw-ABC 25 3 1 4.3 8.2 141 197
2 4.6 8.8 85 111

(7) 32 g BaO coated Ni/Si = 1/4 Mw-ABC +
98 g BaTiO3

25 3 1 5.2 9.9 113 132
2 5.6 10.6 86 93.4

(8) 8 g Ni/Si = 1/4 Mw-ABC 165 g BaTiO3 50 4 2 5.4 12.8 114 42.2
(9) 8 g Ni/Si = 1/4 Mw-ABC 165 g BaTiO3 50 4 M-RZR

System-2
19.4 40.8 75 13.2

aN/P = Not possible due to localized discharges between the electrode and the catalyst.
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surface area decreased from 206 m2/g for Ni/Si = 1/4 Mw-A to
147 m2/g for the coated catalyst (Table 3). As shown in Figure
9, the surface porosity as well as the connectivity near the
surface in the coated catalyst decreases substantially which
causes higher diffusional resistance for the reactants and
products. It is therefore necessary to obtain coated catalysts
with a thin layer of high permittivity material without increasing
the Catalyst/Support ratio so as to obtain highly open pore
structure.
Experiments 1−7, summarized in Table 4, show that the SIE

based efficiency of ammonia formation ranged from 220 to 80
MJ/mol and ammonia concentration levels were ca. 5−9%.
Although these represent significant improvement (even
without any attempt for optimization) compared with the
previous studies using DVB-reactors, the cost is still very high
compared with the current large scale ammonia production
based on the Haber-Bosh process at ca. 0.5 MJ/mol.56

Therefore, in order to demonstrate that nearly an order of
magnitude reduction in SIE was possible, we carried out an
alternative production technique based on the M-RZR using
the best catalyst system evaluated in Table 3. Needless to say,
this evaluation itself represents an initial study both as regards
the catalyst and plasma catalysis. However, here our objective is
to demonstrate the significance of the M-RZR system in
achieving energy efficient synthesis.
M-RZR System for Ammonia Production. In these

experiments, ground electrode was placed inside the reactor
(Reactor-2 mode). When no s-PHP was used in RZ-2, while
the outlet ammonia concentration increased, H2/N2 molar ratio
decreased from the initial value of 4, reached equilibrium and
remained at that value. After 24 h of continuous synthesis,
ammonia concentration and nitrogen conversion to ammonia
were recorded and specific input energy was calculated. The
results are tabulated in Table 4 (experiment 8). It is shown that
the conversion of nitrogen to ammonia is relatively high due to
the high value of inlet H2/N2 (R = 4) and that the SIE (=42.2
MJ/mol) is less than half of the previous experiments (1−7)
which is entirely due to the fact that the total input gas flow rate
(VT) in experiments 8 and 9 is twice that of the others. This
result indicates that the SIE can be significantly reduced further
if the process is optimized with respect to inlet gas flow rate and
catalyst loading and type.
In the presence of s-PHP (solid acid form) in RZ-2, the

operation was still in Reactor-2 mode. However, as the outer
wall of the RZ-1 reactor is porous, the location of the ground
electrode probably makes a very small difference to reaction.
Furthermore, as shown previously (Figure 13) during the
sulfonation of PHP, carbon is generated within the ammonia
absorbing s-PHP, thus increasing the electric conductivity of s-
PHP. It is therefore justifiable to consider s-PHP as the
extension of the ground electrode. It is also possible to oxidize
this carbon to enhance water absorption capacity and reduce its
electric conductivity.26 Therefore, in a continuous process, the
ammonia absorbent, s-PHP can be used as the ground
electrode while the high voltage electrode can be incorporated
within the RZ-1 reactor.
We have shown that the catalyst system used in this reaction

is stable for over 100 h (when the experiment was terminated)
in Fischer−Tropsch and ammonia syntheses.6,16,55 Therefore,
the experiments were conducted for 24 h before taking the
steady-state measurements. However, in the present experi-
ments with the M-RZR system, the steady state is not reached
because of the semibatch nature of the total reaction as the

ammonia absorbent was not removed and replenished during
the experiments. Further complication arises due to the
temperature control of the M-RZR system. The temperature
in RZ-1 is found to be ca. 250 °C, measured immediately after
the end of the experiments following the dismantling of the RZ-
1 from the RZ-2 region. However, at the beginning of
experiment 9, the whole of the reactor is at room temperature
and the gases from RZ-1 gradually increase the temperature of
s-PHP. Although the outside wall temperature of the M-RZR
system can be controlled, due to low thermal conductivity of s-
PHP, the temperature of RZ-2 is mainly dictated by the
temperature of the gases emerging from RZ-1. As a result, the
temperature of s-PHP in RZ-2 increases during the experiment.
This temperature increase results in the decrease of ammonia
synthesis as the temperature of the central reaction zone RZ-1
increases with reaction time reaching 340 °C after some 52 h
experimental run. As ammonia absorption is through acid−base
reaction, we do not expect any influence on ammonia
sequestration in the RZ-2 region. However, s-PHP absorption
capacity suffers with increasing temperature once the reactive
absorption capacity of s-PHP is full.
The decay of nitrogen conversion to ammonia (E) and outlet

ammonia concentration (C) with time is shown in Figure 14

over a period of 52 h. The initial nitrogen conversion E = 40.8%
while outlet ammonia concentration C = 19.5%. At the end of a
52 h continuous run, the corresponding conversion and
concentration are reduced E = 31.5% and C = 14.4%. The
initial and 52 h specific input energy values are SIE (initial) =
13.2 MJ/mol and SIE (52 h) = 17.1 MJ/mol.
The CEC of the s-PHP used in these experiments was

determined as 5.31 mequiv/g, in agreement with the published
data on the commercial ion exchange resins such as Amberlyst
15. Using temperature-programmed ammonia absorption, CEC
value of this resin at 100 °C was found81 to be 5.23 mmol/g.
The estimate of ammonia absorption capacity of Amberlyst-15
quoted by Peng et al.14 is 7.06 mmol/g which includes
ammonia absorption capacity of the sulfonated polymer, in
addition to CEC. Hence we assume that the 75% of the s-PHP
absorber is due to cation exchange which can be expected to be
independent of the temperature used in these experiments.
Table 5 shows the summary of the results using the M-RZR

system for ammonia production. Here, we used 180 g s-PHP as
the absorber. It can be seen from Table 4 that 70.9% of the
absorption capacity of s-PHP was utilized without having to
utilize the reversible absorption capacity of the absorber. At the

Figure 14. Performance of the M-RZR showing the variation of
nitrogen conversion to ammonia (E) and outlet ammonia concen-
tration (C) as a function of time.
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operating temperature of the process, it was unlikely that
reversible absorption would have taken place. CEC of these
styrene based polymers can be improved by persulfonation by
ca. 15%. Furthermore, it is not necessary to remove all of the
acid used for sulfonation as it also requires an excessive amount
of washing when sulfuric acid is trapped within the sub-
micrometer−nanometer sized pores. The vapor pressure of the
entrapped sulfuric acid further decreases due to Laplace
capillary pressure, hence the CEC of the s-PHP is significantly
enhanced when some residual sulfuric acid is present. In
practical application, the use of sulfuric acid (with its high
boiling point at 337 °C) absorbed by s-PHP is possible,
provided that heat is removed both from RZ-1 and the
ammonia sequestration zone (RZ-2) so as to keep the
temperature well below the boiling point of sulfuric acid. The
resulting fertilizer (ammonium sulfate) is more efficient than
ammonium poly(styrenesulfonate).
Due to its porosity and pore interconnectivity, s-PHP does

not have the same level of resistance against diffusion and its
full CEC is available for ammonia absorption. In dense solid
absorbents, only the outer surface capacity is utilized in
reactions requiring rapid ammonia absorption.
The above analyses indicate that the irreversible ammonia

absorption capacity of s-PHP depletes with time. The reversible
absorption capacity of s-PHP disappears when the temperature
is above ca. 200 °C. We also expect that the ammonia yield also
decreases due to the reduction of the driving force for ammonia
absorption. Another factor for decreasing ammonia yield is the
lack of temperature control and the semibatch nature of the
process for ammonia absorption. It is found that the optimum
plasma reactor temperature is ca. 250 °C. Further decrease in
SIE can be achieved through optimization; including inlet gas
flow rate (VT) and using H2/N2 ratio of R = 3 rather than R = 4
as at present. This would reduce SIE immediately by a factor of
3/4. Nevertheless, these results show the mechanism and the
feasibility of the M-RZR system which is only possible because
the nonthermal plasma activates nitrogen dissociation at low
temperatures and the product is rapidly removed by s-PHP at
atmospheric pressure, without any cooling.

■ CONCLUSIONS

A possible holistic route is presented for the sustainable
production of ammonia and ammonia based symbiotic fertilizer
as the ultimate product from biomass or from other sources of
hydrogen. In this biomass-to-fuel and ammonia conversion
route, the critical stages include gasification, in situ reactive air
separation, syngas cleaning, syngas conditioning (syngas to
methane and hydrogen conversion) and finally, ammonia and
fertilizer production. Each of these stages have been intensified
through catalytic reactor design and the application of an
electric field for process intensification.43 Generic heteroge-
neous catalysts with a very high surface area and hierarchic pore
structure were developed for use in these reactors.54 These
critical intensified processes can be integrated to achieve small
scale sustainable and competitive ammonia production as an

alternative to the Haber−Bosch process. In this study, we only
consider in situ reactive air separation and ammonia synthesis.
It is shown that high temperature oxygen selective membrane

air separation can be enhanced by carrying out a reaction on
the permeate side without the application of any pressure at the
feed side. Here the driving force for oxygen permeation is the
exothermic oxidation reaction at the permeate side. This
process is applicable to gasification when oxygen is used in the
oxidation zone of the gasifier. The retentate from air separation
is nitrogen which can then be used in ammonia synthesis.
The most important aspect of this study is the introduction

of the M-RZR and its application to obtaining very high
ammonia conversion in Reaction Zone-1 (RZ-1) and ammonia
sequestration in Reaction Zone-2 (RZ-2) using porous solid
acid absorbents. The s-PHPs were used as the absorbent.
Cation exchange capacity of s-PHP can be further enhanced by
incorporating solid acids (such as citric acid) or indeed sulfuric
acid. Here RZ-1 is a nonthermal plasma reactor and RZ-2 is an
acid−base neutralization reactor. The ammonia conversion
increases by nearly a factor of 4 compared with no
sequestration and the specific input energy (SIE) is reduced
to 13.2 MJ/mol NH3 which is nearly 2−3 times smaller than
those reported recently. In this study, we have made no attempt
to optimize the processing conditions or the catalyst itself. With
the application of the optimized conditions in the nonthermal
plasma synthesis of ammonia by Ruan et al.10 and Hessel et
al.12 to this current reactor and catalyst system, it is possible to
lower the SIE further and achieve cost parity with the Haber−
Bosch process.
Apart from acting as a solid acid absorbent, s-PHP was

subsequently used as a symbiotic fertilizer in the form of
sulfonated- neutralized PHP (sn-PHP) with several attributes
over and above the normal ammonia fertilizer. Therefore, s-
PHP was used to facilitate ammonia synthesis in the M-RZR
system and subsequently utilized as an advanced fertilizer.
The RZ-1 nonthermal plasma reactor is not a microgap

reactor but uses PCPs and catalysts as packing in the plasma
zone. We have shown that the high permittivity BaTiO3 PCPs
yield higher conversion when mixed with the catalyst. In order
to obtain higher conversions, we used BaO coated catalysts and
have shown that they also yield higher conversions compared
with the case when individual components were used alone.
These coated porous catalysts have a BaO rich surface and the
core is mainly silica supported nickel catalyst. However, further
studies are needed to obtain different forms of coated catalyst
which can promote ammonia synthesis by plasma discharges
within the porous catalyst particles.
This study also illustrates the significance of the ammonia

absorbent in the enhancement of ammonia conversion. In
order to achieve fast irreversible absorption kinetics, the
absorbent should have a large CEC and the cationic sites
should be accessible for ammonia neutralization. In this respect,
s-PHP is currently the best available material. However, if
anhydrous ammonia is to be produced using the M-RZR
system, the ammonia sequestration zone (RZ-2) must be either

Table 5. Summary of the Results for Ammonia Synthesis Using M-RZR Reactor with Sulfonated PHP as Absorber

Time (h) Concentration (C) % Conversion (E) % SIE (MJ/mol) NH3 Absorbed mol/g s-PHP Absorber Capacity Used (%)

1 19.4 40.8 13.2 0.13 1.88
10 18.3 38.7 13.9 1.11 15.7
30 16.2 34.8 15.5 3.13 44.3
50 14.8 32.2 16.8 5.01 70.9
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a refrigeration stage or it should contain solid or cationic liquid
ammonia absorbent. Once again, high porosity of such solid
reversible absorbents is desirable for fast absorption and
desorption kinetics.
An excellent reversible or irreversible ammonia sequestration

agent is in fact carbon dioxide which can be introduced into the
M-RZR system in RZ-2 at temperatures below 80 °C when
CO2 reacts with NH3 to form solid ammonium carbamate
according to the reaction:

+

=

2NH (g) CO (g)

NH COONH (s) (ammonium carbamate)
3 2

2 4

This reaction is reversible above 80 °C and the separation of
NH3 and CO2 needs to be carried out separately to produce
anhydrous ammonia. For fertilizer applications, ammonium
carbamate can be converted, either to ammonium carbonate or
ammonium bicarbonate through reactions with water. Alter-
natively, ammonium carbamate can be converted to urea
(NH2CONH2) by the removal of water.
In order to achieve NH3 sequestration by CO2, in an

environment containing N2, H2, NH3, CO2, it is necessary to
understand the catalytic plasma induced reactions. The
investigation of such reactions is also important in the direct
conversion of syngas to ammonia and its sequestration by CO2.
It was found that the catalytic plasma reaction of a syngas
containing N2, H2, CO2, CO and CH4 does produce ammonia
which is sequestrated by CO2 upon cooling. In a typical syngas
obtained through gasification with air oxidation, H2 is always
the limiting reactant. Hence syngas conditioning through
catalytic plasma induced Fischer−Tropsch synthesis55 and
hydrogen generation through nonoxidative methane conversion
to hydrogen53 have been investigated to enhance hydrogen
production from syngas.
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